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Significance of Pressure Drop, Changing Molar Flow, and Formation of Steam in the
Accurate Modeling of a Multi-Tubular Fischer-Tropsch Reactor with Cobalt as Catalyst

Christoph Kern, Andreas Jess* (jess@uni-bayreuth.de)

Supporting Information
Supplement to Chapter 2.2: Equations of two-dimensional model of a tube of a FT-reactor

The rearrangement of the Egs. (8) and (9) (see main text) lead to the following mass and heat
balances (Egs. (S1) and (S2)).

Mass balances for component i

(R1: formation of CHs4; R2: formation of C,.-hydrocarbons):

dei _ dug
Us =6+ (Vir1 "mco.Rveff T ViRrz Tm,coRzesf)Pbed (S1)
with  veop1 = =15 Vyap1 = =35 Vewart = 15 Vazorr = 1
Veorz = — 15 Vo rz = =25 Verzerz = 0.13; Vo re = 1

Remark on the mass balance for the production of C,.-HCs: For a chain growth probability of
FTS for C2:+-HCs of 0.85 [3], 92 wt.-% of the C»+-HCs have C-numbers of 2 to 25, assumed to
be completely in the gas phase (for the conditions of a total pressure of 30 bar and 230°C as
mean reaction temperature). The average C-number of the gaseous Cy+-HCs with 2 to 25
carbon atoms, is about 8. Hence, each mol CO converted into C,.-HCs leads to 0.13 mol of
C2+-HCs in the gas phase.

Heat balance:

w T s Arag 14T Area &°T
Sdz ~ dz cpcg T dr cpcg dr?
Pbed
+ ("mcor1eff(—ArHR1) + Tmcorzeff (—ArHR2)) (S2)

Cp Cg

Change of superficial gas velocity us in volume element dV and differential length dz:

Ideal gas law leads to the differential change of the volume rate:

. 1 RT
av d(ntotal / ) du
g _ Dtotal! _ s (83)

av av az

The differential change of us in axial direction, Eq. (S4), is the result of a) the decreasing total
molar flow rate by the methanation and the FT reaction, Eq. (S5), b) the change of the (radial
mean) temperature, Eq. (S6), and c) the pressure drop, Eq. (S8):

Neotal RT . .
dus _ aC ™ fpeorar) _ _RT dgotar | Neotar R dT
dz av Ptotal AV Ptotal AV

) acl/, )
+ Ntotal RT th,oml (84)

a) The change of the total molar flow rate dn;,;,; depends on the change (here decline) of
the total number of moles present in the gas phase by the methanation reaction (Ag,v;)
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and by the FT reaction (Ag,v;). This leads to the following equation for the change of the
gas velocity due to both reaction:

dus _ RT dﬁtotal _
dz T,p Peotal av

p
Zd (Arivi Tmcorrers + AraVi Tmcorzess) (S9)
W|th ARlvl' = _2 and Aszi = _187

b) The change of gas velocity us in a differential axial segment 4z is calculated from the
difference between the temperature in the differential segment (n) and the temperature in
the previous differential segment (n-1):

dus _ﬁtotalR dT_chusR dT _CgustT_usAT

az lap Ptotal AV Ptotal Adz Ptotal 4z T Az

— Usn—1 (Tmeann—Tmeann—1) (86)
Tmean Az

Whereby the radial mean temperature in the cylindrical tube (fixed bed) is given by:

fortTZTL'TdT

2
e

~Tatr=0.7r (S7)

Tmean,bed =

¢) Analogous to the temperature dependence, the change of us as a result of the change of
total pressure is calculated from the difference between the pressure in the differential
segment (n) and the pressure in the previous differential segment (n-1):

1 1 1
dus =7 R Td( /ptotal) =c Au.RT d( /ptotal) =pu A( /Ptotal)
dz total av g7 "s Adz S Az
_ 1/ptotal,n_1/ptotal,n—1 S8
= Ptotal us,n—l Az ( )

For an axial segment n of the tubes (fixed bed) with length Az the pressure drop Appedn is
given by the Ergun equation [8,15]:

Az M,
Apbed,n = DPtotal,;n-1 — Ptotaln = fb d_i gz 2 u?,n—l (89)
fp = Esbed (3.5 + wjb‘”) ~ 33 + 22 (for spherical particles and &= 0.4) (S10)
bed 14 14

Determination of the radial heat transfer from the fixed bed to the boiling water cooling

The boundary condition at the inner wall of the tubes (r = r;) with T;peq as temperature of the
fixed bed directly at the wall before a temperature jump (because of au,int) OCcurs, is:

ar

Araa ar e, = kq(Teoor — Trt,bed) (811)
The thermal transmittance (from inner wall of tube to boiling water), ky, is thereby:
dt,int 2Swall %
In (1+=-wally
1 1 2 Atint (dt,int"'z Swall)
1 - : 12
ka aw,int + Awall + QH,0 (S12)
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The effective radial thermal conductivity in the fixed bed (Rep = us du/vy; Pr =vyg pg CplAg) is
calculated by:*

Rep, Pr
d 2

7 2—(1—2 P )
dtint

The heat transfer coefficient at the inner tube wall ay; ;,,, can be calculated by [8,11,12]

Trad = g 14+ (813)

3
Ay ine = 2-1 [4 (1.3 +5 ‘;"—") +0.19 Rep/4Pr1/3] (S14)

tint

The heat transfer coefficient ay,, (external tube wall to boiling water; W m2s™") with py, o peir in

bar and q;;,,;: in W m is given by correlations based on literature data [8,12-14]:
Quimit = 3780 — 48 py, 0 boir (8195)

4642.77
(273+Tcool)

With Dy, 0,poir = €xp [12.5595 — ] for 150°C < Teoor < 250°C (values listed in Tab. 7).

For Qremoval < C'Ilimit (COﬂVGCtiOﬂ bOi”ng): aHZO =150 qgezrrswval (816)
For C.Iremoval > C.Ilimit (nUCIeate boiIing): aHZO =2.03 q;)gmoval plgfg,boil (817)

A similar correlation as Eq. (S17) is given by Fritz [16], ay,o = 1.95 ¢ emovar Ph 0 poir» Which

only leads to slightly higher results of ay,, (deviation = |1 — 1.04 ¢y 2,4 | < 15%) for heat

fluxes relevant for FT synthesis (¢removar < 10 kKW m2 s7).
The external heat transfer coefficient (including heat conduction through tube wall) ayy, ., is:

A int 2s dtint
1 ‘Zm In(1+ dtV\ZZil) (dt,int"'z Swall)
- 1 + - Rth,ex,total - Rth,wall + Rth,HZO (818)
aw.ex wall XH,0
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Influence of superficial gas velocity on the heat transfer parameters Aaq and o, int
(230°C, protar= 30 bar; 20% CO, 44% Hz, 36% CHa).
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Axial profile of Reynolds number Re, in the tubes of a multi-tubular FT reactor
(model M3) and values of Aad, Giw,int, Us, Prota, @nd vy for two selected values of Rep.
Conditions: Ca= 3; Us,z=0 (230°C, 30 bar) = 1 m/s; protar= 30 bar; Xco,twtar = 95%; Sch,
= 20%; molar Ho-to-CO ratio = 2.2; Tmax = 240°C.
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Fig. S3: Profiles of thermal resistance of tube wall and external heat transfer to boiling water
(Rtn,ex.totar), and individual contributions of wall (R war) and external heat transfer alone
(Re,H20) as calculated by all models except MO, see Eq. (S18) (conditions in Fig. 1).

Note that the overall thermal resistance, which also includes the heat transfer in the bed (Rpeq
= 0.25 diin Arag) @and at the internal wall (Ruw,int = 1/ Gw,int), i.€. Roverat = Rbed + Rw,int + Rin,ex total) IS
around 0.0022 m? K W-'. Roveran is almost constant along the tubes and corresponds to an
overall thermal transmittance of about 460 W m™ K' (= 1/Roveratl = Qremovai/ {Tr=0 — Teoo1})
Hence, the contribution of Rin ex totar 10 Roveran is only about 28% (Roed: 41%; Rw,int: 31%), i.€. the
thermal resistances related to the effective heat conduction in the fixed bed and to the
convective heat transfer at the internal wall dominate the overall radial heat transfer, as also
shown by a typical radial temperature profile depicted in Fig. S14.
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114 3 (considering 4ppes and change/decline of total molar flow by FT reaction). For
115 comparison, results of model M1 (without 4ppes and without An; 4, i-€. constant us,
116 dashed lines) are also shown (C;= 3; us, =0 (230°C, 30 bar) = 1 m/s; other conditions
117 in Tab. 3). Horizontal lines represent mean values.
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127  Fig. 85: Profiles of reaction rate in the center of a tube of a multi-tubular FT reactor for the

128 model 3 (considering A4preq and change of the total molar flow). Results for model
129 M1 (without Appeq and assuming constant us) are also shown (Ca= 2; us, =0 (230°C,
130 30 bar) = 0.5 m/s; other conditions in Tab. 4). Horizontal lines represent mean
131 values. For model M1, the gas velocity is constant and thus also the heat transfer
132 parameters aw,int and Aqq. For M3, auw,int declines along the tubes from 1025 to 877
133 W m2 K" and 4., from 4.4 to 3.4 W m! K-', which intensifies the effect of declining
134 gas velocity on deviation of axial profiles of temperature and effective reaction rate.
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Profiles of reaction rate of CO conversion at r = 0 (center of tube) (top) and CO
conversion (bottom) in an isothermal FT reactor for model M3 (considering Appeqs and
change of the total molar flow rate, but not the inhibition by steam/water) and for
model M4 (considering also inhibition by steam). Conditions: syngas with only Hz
and CO; Ca=4; us, =0 (230°C, 30 bar) = 0.5 m/s; protar = 30 bar; Scr, = 20%; molar
H>-to-CO ratio = 2.2; 240°C). Inhibition by steam gets strong for z > 4 m, i.e. for a
CO conversion above about 40%.
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Influence of CO conversion on the effective reaction rate at r = 0 (center of tube)
(top) and steam content (bottom) in an isothermal FT reactor for model M3
(considering A4ppes and change of total molar flow rate, but not inhibition by
steam/water) and for model M4 (considering also inhibition by steam). Conditions:
Syngas with only Hz and CO; C,=4; us, ;=0 (230°C, 30 bar) = 0.5 m/s; protar= 30 bar;
Scr, = 20%; molar Hz-to-CO ratio = 2.2; T = 240°C = const. Inhibition by steam gets
strong for a CO conversion above about 40%, which corresponds to a volumetric
steam content of 18% (about 5 bar).
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Influence of initial superficial gas velocity us, z =0 (at 230°C and 30 bar) on axial profile
of total pressure in the tubes of a multi-tubular FT reactor (model M4; C, = 3; protar =
30 bar; Xco,tota = 95%; Sch, = 20%; Ha-to-CO ratio = 2.2; Trax = 240°C).
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Influence of initial superficial gas velocity us ;=0 (at 230°C and 30 bar) on axial profile
of rate of heat removal from fixed bed to boiling water in the tubes of a cooled multi-
tubular FT reactor. Teoor is 213°C for us,=90f 0.5 m/s, 223°C (1 m/s), and 227°C (1.5
m/s). Conditions: model M4; Ca = 3; protar = 30 bar; Xco,total = 95%; Scr, = 20%; molar
H2-t0-CO ratio = 2.2; Trmax = 240°C.
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Influence of initial superficial gas velocity us, ;=0 (at 230°C and 30 bar) on axial
profile of heat transfer coefficient from fixed bed to internal tube wall (cu,int) in the
tubes of a cooled multi-tubular FT reactor (model M4; C, = 3; protar= 30 bar; Xco,totar
= 95%; SCH4 = 20%; molar Hz-to-CO ratio = 2.2; Tmax = 240°C).
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minus heat removal) (model M4; C,= 3; us (230°C, 30 bar) = 1 m/s; prta= 30 bar;
Xco,tota/ = 95%; Sc/-/4 = 20%; H,-to-CO ratio = 2.2; Tmax = 240°C).
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A well-known approximation for the maximum (critical) difference between the maximum tem-
perature (center of tubes), here reached at z=2 m, and T, to avoid a reactor runaway is [8]:

R Tr%tax cool
ATy = Tmax,ax - Tmax,cool == E (819)

Tmaxax and Tmaxcoor in EQ. (S19) correspond to the highest values of the axial temperature
(center of bed) and the cooling temperature, respectively, to avoid a thermal runaway.

The activation energy can be determined by the Arrhenius plot (Fig. S17), i.e. by In (rm.co)
versus 1/T. The slope leads to Ea intninsic (if pore diffusion is neglected, i.e. 1pore = 1) = 150 kJ/mol
and to Eaer (effective, i.e. apparent value) = 80 kd/mol. It should be noted that the values of
Eaintrinsic and Ea ef correctly reflect the overall sensitivity of the reaction rate and not only the
influence of temperature on the rate constant; the equations of the intrinsic rates of formation
of CH4 and C,:-HCs (Langmuir-Hinshelwood approaches) have two parameters that depend
on temperature, the rate constant (k») and a parameter for CO adsorption (K); for example,
the intrinsic reaction rate of CO leading to C,:-HCs is given by [1]:

CH, Cco

M2+ (14 Ky, cco)

Tm,co,c,s = Ca k (S20)

The “true” activation energy of km c2+ is 141 kd/mol and Kc2+ (0.047 m3 mol-' at 240°C) declines
with temperature (Kcz+ = Kea+0 exp(-Q/R T) with Q = -4 kd/mol). Hence, for a high concentration
of CO (typically 140 mol m- at reactor entrance), Kcz+ cco = 6.6 >> 1, and the “overall” active-
tion energy Ea intrinsic approaches a value of around 150 kd/mol (= 141 kd/mol + 2 x 4 kd/mol).

0.1 240°C 230°C 22|0°C 210°C 200°C
rm,CO,intrinsic, model 4 (Tipore = 1)
EA,infrfnstc =150 kJ m0|-1
) Tonax = 240°C
o
g 0.01
~ R e S
=
T o™ 205°C
[ Ep o= 80 kJmol ] -
0.001 =
0.00194 0.00198 0.00202 0.00206 0.0021 0.00214

Reciprocal temperature T in K

Fig. S17: Arrhenius plot of intrinsic and effective reaction rate of CO conversion at the reactor
entrance (model M4; C,= 3; 19% CO, 42% H,, 39% CHys; 30 bar).

The values of AT according to Eq. (S19) are 13 K (neglecting influence of pore diffusion) and
25 K (pore diffusion correctly considered), if we use a mean value of 490 K for T¢oo.
Fig. S18 shows the influence of Teoor 0N the maximum axial temperature at r = 0 (left) and on
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the difference Tmaxax - Tcoor (right), if pore diffusion is present and also for the hypothetic case
of absence of pore diffusion limitations. The calculation was done by model M4 for typical
reaction conditions (usz-=0= 1 m/s; Ca= 3 or 1; syngas: 19% CO, 42% Ha, 39% CHy4; 30 bar).
The resulting values of AT, agree very well with the values just given above.

Fig. S18 (lower part) clearly shows that the strong influence of pore diffusion on the effective
reaction “helps” with regard to reactor stability and temperature level that can be realized: The
ignition temperature, i.e. the critical cooling temperatures estimated graphically as shown in
Fig. S18, are very high, 241°C for an activity coefficient C, of 3 and even 256°C for C, = 1,
which is by far higher than the real cooling temperatures to reach the assumed maximum
temperature of 240°C, e.g. 223°C for C;= 3 and us = 1 m/s (see Tab. 8).
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Fig. $18: Influence of Tcoor ON Thmax ax at r = 0 (left) and on difference Tpmaxax - Teoor (right), if
pore diffusion is present and for hypothetic case of absence of pore diffusion limita-
tions (model M4; us,=0=1m/s; Ca=3 or 1; 19% CO, 42% Hz, 39% CHys; 30 bar).It
should be mentioned that for very high temperatures (>> 240°C) the model does
not accurately account for the then much higher methane selectivity as assumed

here (20% related to carbon).

For the hypothetical case of absence of pore diffusion limitations, this is quite different (upper
part of Fig. S18): The estimated critical cooling temperatures are now only about 201°C for C,
of 3and 217°C for C,; = 1, and with AT, of 13 K, we can estimate maximum axial temperatures
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of only 215°C for C, of 3 and 231°C for C, = 1 (see Tab. 8), which are much lower than the
target value of 240°C. To ensure a safe operation, the maximum cooling temperature should
be set 5 K below the ignition temperature (Tj). Hence, TmaxWill be even lower at around 205°C
for C, of 3 (see left upper part of Fig. S18). Fig. S17 shows that the intrinsic rate at this
temperature is by about 50% lower compared to the effective rate at 240°C, which again
underlines the advantage of the influence of pore diffusion for FT fixed bed synthesis, also
shown by the results listed in Tab. 8: For C;= 3 and us = 1 m/s, the CO conversion is 44.4%
for 1pore < 1 @and only 28.4% for the hypothetical case of 77pore = 1.

Tab. S1: Comparison of different axial distributions of the catalytic activity C,, simulated by
the most “accurate” model M4: Characteristic data of a FT reactor with optimal acti-
vity distribution for Camean = 3, i.€. Cainitiar Until Trnax Of 240°C is reached (at z =2 m)
and thereafter a continuous increase of C, to keep temperature at 240°C (r = 0) and
of a two-zone FT reactor for optimal values of activity (C;) in both zones. For
comparison the case of no axial distribution is again also listed. Conditions: Xco total
= 95%; SCH4 = 20%; H2-to-CO ratio = 2.2; Tmax = 240°C; Usz-0= 1 m/s.

Cain zone 1 (z < 6 m) and Production of C2:-HCs
Comean zone 2 (6 m<z<12 m)a XCO, per pass Tcool R per tube in kgc/h
' in % in °C (improvement compared
Ca,1 Caz2 to const. Ca of 3)
3 2.5 3.5 45.7 2241 | 2.36 1.55 (+4%)

Optimal distribution of C.: Production of C2+-HCs

T = Tmax = 240°C as soon as

c XCO, per pass Tcool R per tube in kgC/h
»mean 1 Tmaxis reached at z=2m in % in °C (improvement compared
toCa=3= t.
Ca,initial Ca,max 0 Ga cons )
3b 2.23 4 46.8 2248 | 2.25 1.60 (+8%)

For comparison: No axial distribution of activity (already listed in the Tab. 8)

Ca = 3 = constant 44 .4 223.1 2.49 1.49 (0%, base case)

@ In both zones, the maximum temperature of 240°C is almost reached.

b The limiting value of Camax = 4 (catalyst with about 40 wt.-% Co) is reached at z = 10.1 m.
Thereafter, the temperature slightly decreases to 239°C at z= 12 m.

Tab. S1 shows, that for the given conditions, the optimal axial activity distribution (for Csmean=
3) leads to a CO conversion of 46.8% and production rate of C2+-HCs per tube of 1.6 kgc/h.

The following (hypothetical) boarder case, which cannot be “beaten for the given catalyst and
particle size (hence mwore = 0.2) is also instructive: A simulation for a constant C, of 3 and both
an axially and radially isothermal fixed bed (4rH; was then just zeroized in the model) at Tpmax
= 240°C leads to a conversion of 51.2% and a rate of C,+-HCs per tube of 1.82 kgc/h, which is

16



406
407
408
409
410
411
412
413
414
415
416
417
418
419
420

421
422
423
424
425
426
427

428
429

430

“only” 14% more compared to the optimal activity distribution and a real cooled multi-tubular

FT reactor with an unavoidable axial and radial (see e.g. Fig. S14) temperature profile.
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Fig. $19: Axial profiles of pore effectiveness factor 7,06 (center of tube) for a superficial gas
velocity us (230°C, 30 bar) of 0.5 and 1 m/s (model M4; piotar = 30 bar; Xcototar =
95%; Sch, = 20%; Ca = 3; Ho-to-CO ratio = 2.2; Trax = 240°C; see also Tab. 8). 7pore
strongly depends on temperature. The temperatures at z = 0 (center of tube; r=0)
are 213°C (us = 0.5 m/s) and 223°C (us = 1 m/s); at z= 12 m we have 226°C (us =
0.5 m/s) and 234°C (us = 1 m/s), see also Fig. 9. Selected values of factor 7,0 at

different temperatures and the reactor entrance are listed in Tab. S2

Tab. S2: Values of pore effectiveness factor 7,0 at different temperatures (reactor entrance,
syngas with 20% CO, 44% H,, and 36% CHy4; Cs = 3; protas = 30 bar).

Tin °C

Hpore

170

96.8%

180

92.4%

190

83.9%

200

70.3%

210

53.7%

220

38.4%

230

26.8%

240

18.8%
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